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A B S T R A C T

A novel microstructured reactor/heat exchanger (MRHE) containing eight sections with each a cross-

section of 10 mm � 10 mm and a length of 100 mm has been designed and constructed based on the

kinetic model taken from Rebrov et al. [E.V. Rebrov, S.A. Kuznetsov, M.H.J.M. de Croon, J.C. Schouten,

Catal. Today 125 (2007) 88]. Each section of the reactor compartment contains flat, perforated Mo plates

and Mo wires with a diameter of 250 mm and a length of 100 mm coated with a porous Mo2C layer. In the

MRHE, the reactant mixture enters at 673 K and follows the optimal temperature profile which allows to

minimize the reactor volume as compared with isothermal operation. The anode fuel cell gas preheated

to 533 K is used as a coolant. Two coolant side streams are required to approach the optimal temperature

profile in a counter-current MRHE. The start-up time required to heat the MRHE up to the operational

temperature does not exceed 2 min.
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1. Introduction

1.1. Water–gas shift reaction

For portable and transport applications, the most convenient
and economical way of hydrogen production is on-board reform-
ing of hydrocarbon fuels in a fuel processor (FP) combined with a
fuel cell (FC) stack, forming an integrated power supply device.
Space demand is a critical issue for medium and large sized
applications ranging from 1 to some 10 kW. The fuel determines
the operating temperature of the reforming process, which in turn
determines the CO concentration in the reformate gas. In the
reforming of gasoline or natural gas, a hydrogen-rich gas is
produced at temperatures above 973 K with a carbon monoxide
concentration of 5–12 vol.%. Because CO is a poison for a proton
exchange membrane FC catalyst, the water–gas shift (WGS)
reaction is used to reduce its concentration to below 1 vol.%,
thereby increasing the H2 yield. The application of an isothermal
microreactor for the WGS reactor in fuel processing applications
was demonstrated in [1]. This was already a substantial step ahead
as compared with a conventional adiabatic WGS reactor consisting
of two stages: the high and low temperature shift, with a heat
exchanger in between. Here microtechnology may bring even
more substantial benefit, as an integrated micro-structured
reactor/heat exchanger (MRHE) offers an opportunity to perform
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the reaction in a single device and an internal temperature gradient
shifts the thermodynamic equilibrium in the desired direction [2].

The concept of integrated reactors/heat exchangers was first
proposed by Eigenberger and co-workers for coupling of methane
steam reforming with methane combustion in meso-scaled
reactors made from ceramic monoliths and steel foils [3–5]. The
implementation of a declining temperature gradient into the WGS
reactors by counter flow cooling has been realized for various
systems up to 2 kW FC power range [6]. In those designs, a single
coolant injection port was used which resulted in an almost linear
temperature drop from 673 to 523 K along the reactor. However,
an optimal temperature profile has a concave shape, which cannot
be created by a counter-current operation. To approach an optimal
temperature profile, several side ports for the coolant are required.
Recently we demonstrated that a concave temperature profile can
result in a more than twofold decrease of the catalyst volume on
Mo2C/Mo coatings in the WGS reactor [2]. The preferential
oxidation of carbon monoxide (PrOx) is an exothermic reaction,
where the operating temperature of the catalyst needs to be kept in
a narrow range to achieve optimum selectivity. Thus, removing the
heat generated by this chemical reaction is used to preheat the
anode FC off-gas which is also used as coolant in the WGS MRHE,
substantially decreasing its size.

1.2. Microreactor development

A water–gas shift catalyst for an automotive fuel processor
should demonstrate sufficient activity in the temperature window
between the reformer and PrOx reactors, have at least 5000 h
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Fig. 1. The optimal temperature profile providing the highest WGS rate at

corresponding axial positions in the 530–670 K temperature range and CO

conversion on the Mo2C/Mo catalyst: Reaction conditions: PCO = 3.0 kPa, PH2O ¼
27:0 kPa; PCO2

¼ 13:5 kPa; PH2
¼ 56:5 kPa: Total flow: 750 cm3 min�1 (STP). Mo2C

weight: 79.4 g.
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stability, be non-pyrophoric, and provide a fast start-up. A
commercial Cu–ZnO–Al2O3 catalyst has been used between the
operating temperatures of 453 and 523 K. The temperature
stability is poor above 523 K and it is pyrophoric if exposed to
air. The catalytic coatings are usually deposited by wash-coating
on the inner walls of the microchannels [7]. Recently developed
Mo2C catalysts showed a higher activity in the WGS reaction as
compared with the commercial Cu/ZnO/Al2O3 catalyst [8]. They
have also high stability against oxidation under reaction condi-
tions, and do not catalyze the methanation reaction at elevated
temperatures [9,10]. The surface area of Mo2C catalysts can be
increased by doping with Co or Ni [11,12]. However, the activity of
Co (or Ni) doped Mo2C catalysts in the WGS decreased in the course
of the reaction due to sintering.

The catalytic activity of the Mo2C/Mo coatings was determined
in the WSG reaction in [2] to provide data for the reactor design.
The reaction was conducted under the following conditions:
PCO = 300 Pa, PH2O ¼ 2:7 kPa;PCO2

¼ 1:35 kPa; PH2
¼ 5:65 kPa;He as

the balance, and a flow rate of 50 cm3/min. The total pressure at the
reactor outlet was 1 bar. The Mo2C coatings were synthesized on
flat and perforated molybdenum plates (99.9 wt.% Mo,
100 mm � 10 mm, with a thickness of 0.1 mm) and molybdenum
wires with a diameter of 250 mm by galvanostatic electrolysis in a
NaCl-KCl-Na2MoO4-Li2CO3 molten salt at 1123 K for 5.5 h with a
cathodic current density of 5 mA/cm2. The details of the synthesis
method are described elsewhere [13].

In the development of an MRHE for the WGS reaction, several
issues have to be considered such as the reactor material, the
reactor lengths, catalyst production techniques, and microreactor
fabrication methods. Compact microstructured heat exchangers,
with triangular-sectioned passages, produced by stacking flat and
perforated metal plates, are characterized by high ratios of heat-
transfer surface area to core volume and considerably smaller
fabrication costs than those with two sets of semi-cylindrical or
rectangular channels machined on the opposite sides of a heat
exchange plate. The volume between perforated and flat plates can
be further utilized by insertion of a metal wire which splits the
large triangular channel into three smaller channels whose
geometry can be satisfactory described by equilateral triangles.
The existence of sharp corners for the triangle significantly affects
the flow patterns and hence the average heat and mass transfer
coefficients relative to those for the circular or square sectioned
channels. However, the water–gas shift reaction is relatively slow,
and it always occurs under kinetic control even in channels with a
larger hydraulic diameter as compared with that in this study. On
the other hand, a decrease in heat transfer coefficient in triangular
channels can be compensated by a larger heat-exchange area.

Numerical calculations performed in this study revealed that it
is possible to achieve a temperature profile very close to the
optimal one in a counter-current heat exchanger by cooling the
reaction mixture with the anode fuel cell off-gas. It will be shown
that at least two additional coolant streams should be mixed with
the main coolant stream at specific positions. The proposed
configuration has several advantages over the two-step process: (i)
it is more compact because the total reactor volume is up to 50%
smaller as compared with isothermal operation [2], and (ii) the
water–gas shift is performed on the same catalyst which is inserted
in a single housing eliminating the space required for connections
and fittings between different reactors.

2. Microreactor/heat-exchanger design

The WGS reaction is an exothermic equilibrium reaction and
the equilibrium conversion decreases with increasing tempera-
ture. Therefore, a significantly better performance can be achieved
by operating at a relatively high temperature, thereby exploiting
the reaction kinetics when the gas composition is far from
equilibrium, and then lowering the temperature as thermody-
namics begin to limit the CO conversion. The optimal temperature
profile for the Mo2C/Mo catalysts was calculated in [2]. The reactor
temperature decreases along the reactor length from 673 to 533 K
(Fig. 1).

The MRHE prototype module was designed for a total flow
towards a fuel cell (FC) of 750 ml/min (STP) with outlet
concentrations of CO and H2 of 1.0 and 58 vol.%, respectively.
This corresponds to a power generation in an FC of 45 We.
Therefore, the WGS MRHE prototype represents a 1/22 part of a
1 kW FC system which can be assembled by numbering-up of
individual units as designed in this study.

Based on the reaction kinetics from [2], it was found that
74.9 g of Mo2C coating is required to obtain the desired CO
conversion of 66%. While this coated catalyst can be distributed
in the microreactor part of the MRHE in different ways, several
conditions related to the coating manufacturing method and the
required temperature gradient of 140 K should be fulfilled. The
heat conductivity of the reactor housing and its cross-section
determine the axial thermal flux which levels out the
temperature in the MRHE. Therefore, there exists a minimum
reactor length which can still provide the desired temperature
gradient. Another limitation is imposed on the width of a single
Mo plate by the coating deposition method. The width is limited
to 10 mm as wider plates require considerable adjustments in
the deposition technique. The height of the reactor housing was
also fixed at 10 mm to decrease the external surface of the
MRHE prototype and to minimize the heat losses to the
environment. Stainless steel 316 was chosen as a reactor
housing material because this material is widely used in the
production of microstructured reactors due to its excellent
corrosion resistance and low costs. With an internal cross-
section of 10 � 10 mm2 and a wall thickness of 2 mm, the metal
cross-section of the reactor housing is 9.6 � 10�5 m2, which
provides a heat transfer resistance (reactor length divided by
metal cross-section and by metal thermal conductivity) of
650 K/W per 1 m of the reactor length. For the reactor length of
0.8 m, required to provide the desired catalyst loading, the mean
heat flux in the metal will not exceed 6% of that to the coolant of
4.5 W at the temperature difference over the reactor length of
140 K. This value also allows to obtain a high heat recovery
coefficient in the MRHE. The main parameters of the MRHE are
summarized in Table 1. The reactor housing is formed by 8



Table 1
Design parameters of the microstructured reactor heat exchanger (MRHE).

Parameter Value

Convective inlet heat flux (W) 19.9

Convective outlet heat flux (W) 15.9

Heat produced by the WGS reaction (W) 0.50

Heat removed by the coolant (W) 4.50

Heat conductivity of the reactor housing (W/m/K) 16

Metal cross-section of the reactor housing (m2) 9.6 � 10�5

MRHE length (m) 0.8

MRHE width (m) 0.01

MRHE height (m) 0.01

Reactor section volume (m3) 8.0 � 10�5

Mo2C coating mass in the reactor (g) 74.9

Mo2C coating volume (m3) 2.0 � 10�5

Solid fraction (Mo2C and Mo) in the reactor (–) 0.746

Reaction mixture linear velocity (m/s) 0.492
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sections with a length of 0.105 m each. Each reactor section is
filled with eighteen perforated, seventeen straight Mo2C/Mo
plates, and Mo wires. Each Mo wire splits a large triangular
channel to two smaller channels to form 576 triangular
microchannels in each section of the microreactor. To avoid
heat transfer by conduction via the catalytic plates, the length of
the catalytic plates was a few millimeters smaller than that of
corresponding reactor sections. The Mears criterion for laminar
flow in a tube [2] was 0.006 and thus no external mass transfer
limitations are to be expected.

3. Heat transfer modeling

3.1. 1D heat transfer model with mixing

Once the reactor dimensions were fixed, a one-dimensional
heat transfer model has been applied to describe the temperature
profile in the MRHE under the following assumptions, which are
considered to be acceptable for the scope of this work:

(1) steady-state conditions;
(2) fully developed laminar flow;
(3) heterogeneous reaction at the catalytic wall in the reaction

channels with kinetics taken from [2];
(4) constant physical properties of the reactant and coolant

streams;
(5) constant enthalpy of the WGS reaction;
(6) uniform pressure along the MRHE channels;
(7) negligible axial diffusion in the gas phase.

These assumptions are based on the following calculations.
The pressure drop in the reaction channels was neglected as it
was below 5% from the outlet pressure. The physical properties
of the reaction mixture did not change by more than 7% due to
both the chemical reaction and temperature gradient. The
entrance length was below 3% from the total channel length
for both the reaction and cooling channels. The 1D model is
based on lumping of both cross-sectional and peripheral
distributions of variables. Under such an approximation, the
gas–solid fluxes of heat and mass are assumed to be proportional
to the difference of the gas-phase and wall average values of
temperature and concentration.

The model calculates the temperature profiles of the reaction
mixture flow (Tr), of three coolant flows (Tc1, Tc2, and Tc3), and of the
reactor housing (Tm), which is in closed contact with the catalyst
plates. Two side streams of the cold coolant combine with the
preheated coolant entering the heat exchanger at x = 0.8 m and act
as additional heat sinks in the overall heat exchange. As the flow
rate of the coolant side stream increases, the temperature of the
mixed coolant stream decreases and vice versa. The mixing of the
coolant streams was modeled using a 2D model which resembles
the geometry of T-mixers and the side coolant stream flows in
them. The mixing was determined in the 2D model by recording
the coolant temperature over the channel cross-section. The 2D
model allowed to calculate the thermal mixing length required for
temperature equalization over the cooling channel cross-section.
Then, empirical mixing coefficients were introduced in the 1D heat
transfer model in order to match the coolant temperature profiles
in the 1D model to those in the 2D model. Thus, the temperature
profile of the gases is determined by convective heat transport,
heat exchange with the reactor housing, heat transfer in the reactor
housing by conduction, and the position of the coolant side stream
injection ports.

The computational domain in the 1D model was divided into
three subdomains as the coolant flow was different in those
parts due to two additional coolant injections whose positions
were varied in order to get the minimum deviation from the
optimal temperature profile shown in Fig. 1. When the length
coordinate is made dimensionless with the length of the reactor,
the equation for the reaction mixture flow is invariable of all
three subdomains:

ðṁC pÞr
dTr

dx̂
¼ �arArðTr � TmÞ þ jDrHjr (1)

where ðṁC pÞr is the heat transport capacity (mass flow rate -
� specific heat capacity) of the reactant flow, ar is the gas–solid
heat transfer coefficient, Ar is the respective heat exchange surface
area, DrH is the enthalpy of the WGS reaction, and r is the WGS
reaction rate. The mass balance equations were solved together
with the equation for the ideal temperature profile (2) to obtain
concentration profiles.

dTid

dx̂
¼ �22� 661 � e�5:9x̂; Tidðx̂ ¼ 0Þ ¼ 668 K (2)

The CO concentration profile is shown in Fig. 1. It should be
mentioned that the heat released due to the WGS reaction (0.49 W)
adds up only 11% to the total amount of heat transferred to the
cooling channels (4.50 W). The small changes in the temperature
profile during optimization of the positions of the coolant side
ports (see Section 3.2) resulted in the maximum deviation of heat
released due to the reaction of 0.12 W or 2.7% in terms of the total
amount of heat transferred to the coolant. Therefore, the changes
in the reaction rate due to a deviation from the ideal temperature
profile were not considered in the heat transfer model, while the
heat released due to the reaction was taken into account via a heat
generation term (3).

Q̇ðrÞ ¼ jDrHjr ¼ jDrHjC0
COy � dXCO

dx̂
¼ jDrHjF0

CO

dXCO

dx̂

¼ Q̇tot
dXCO

dx̂
; (3)

where C0
CO is the inlet CO concentration, y is the total reactant

flow, F0
CO is the molar CO flow, and XCO ¼ C0

CO � CCO=C0
CO is the CO

conversion. The heat generation term can be replaced by a
fitting function, which is a function of the axial reactor position
only (4):

Q̇ðx̂Þ ¼ Q̇totX
out
CO � ðA1 � ð1� A2 � e�A3x̂ÞÞ (4)

where Xout
CO is the CO conversion at the reactor outlet. Fitting

parameters A1–A3 are normalized to obtain 1=Q̇totX
out
CO

Z1

0

Q̇ðx̂Þdx̂ ¼
1: This gives the following values of parameters: A1 = 0.301,
A2 = 22, and A3 = 9.5.

Taking into account the counter current flow regime with two
side stream injections, the temperatures of the first, second, and
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third coolant stream are described by the following differential
equations,

ðṁC pÞc1

dTc1

dx̂
¼ acAcðTm � Tc1Þ þ

X
j 6¼ i

j1 jðTc1 � Tc jÞ

ðṁC pÞc2

dTc2

dx̂
¼ acAcðTm � Tc2Þ þ

X
j 6¼ i

j2 jðTc2 � Tc jÞ

ðṁC pÞc3

dTc3

dx
_ ¼ acAcðTm � Tc3Þ þ

X
j 6¼ i

j3 jðTc3 � Tc jÞ

(5)

where ðṁC pÞi is the heat transport capacity (mass flow rate -
� specific heat capacity) of coolant flow i, ai is the gas–solid heat
transfer coefficient, Ai is the respective heat exchange surface area,
and jij are the empirical mixing coefficients which describe the rate
of temperature equalization after injection of a coolant side stream
(see Table 2). It was found that the temperature equalization
occurs at a distance of 20 channel diameters from the T-mixer
during mixing of the first and second cooling streams (Fig. 2), while
it happens within 10 channel diameters during mixing of the first
and second cooling streams with the third one. This behavior can
be described in the 1D model with the same value of the mixing
coefficients of 1 (see Table 2).

The reactor housing temperature (Tm) is described by Eq. (3),

�lmAm

L

d2Tm

dx̂
2
¼ arArðTr � TmÞ � acAcð3Tm � Tc1 � Tc2 � Tc3Þ; (6)

where lm is the conductivity of the reactor material, Am is the
cross-sectional area of the reactor housing, and L is the MRHE
Table 2
Values of the mixing coefficients in the 1D heat transfer model in the first and

second subdomains (Eq. (2)).

Subdomain 1 Subdomain 2

Dimensions, m x = [0-P1] x = [P1-P2]

Equation ji1 ji2 ji3 ji1 ji2 ji3

Tc1 0 �1 �1 0 �1 0

Tc2 1 0 �1 1 0 0

Tc3 1 1 0 0 0 0

P1 and P2 are the injection positions of coolant side streams (design parameters).

See Fig. 3 for their definition. In subdomain 3 (x = [P2-0.8]) jij = 0.

Fig. 2. Comparison between 1D (dashed lines representing the main and side

coolant streams) and 2D (solid lines representing minimum and maximum

temperatures) heat transfer models in the T-mixer. 2D model was composed of

Navier–Stokes equations, where the coolant side stream was mixed with the main

coolant stream at an angle of 908. The 1D model was composed by Eqs. (1) to (3). The

values of the mixing coefficients jij were fitted in order to minimize the differences

in the coolant temperatures between the 1D model and the 2D model (see Table 2).
length. The values of the key design parameters are listed in
Table 1. Both Shah [14] and Baliga and Azrak [15] concluded that
the average Nusselt number for the convective fully developed
laminar flow, in a triangular duct under constant heat flux
boundary conditions, is equal to 3.11, if no rounded corners are
present in the geometry. However, the geometry applied in this
study contains one rounded corner substantially enhancing the
heat transfer rate. In this case, the Nusselt number equals 3.40 [16].
This value was used in this study for the triangular reaction
channels formed by the perforated plate, the flat plate and a wire,
to calculate the heat transfer coefficient (ar) in the reaction
channels. In the cooling channels, a constant Nusselt number of
4.36 was applied [16].

An investigation of the overall heat transfer coefficient in the
integrated MRHE showed that a key heat transfer constraint was
the heat transfer coefficient between the wall surface and the
coolant flow. The heat transfer by conduction in the radial
direction was much faster; therefore, the temperature gradient
between the inner and outer sides of the metal housing was below
1 K. To maximize the heat-exchange area required for an efficient
heat removal, two parallel tubes with circular cross-sections were
positioned on a side wall of the MRHE.

3.2. Optimization of the positions of coolant side stream ports

The effect of two design parameters was investigated in the
optimization of the temperature profile: the positions of the first
(P1) and second (P2) coolant side stream ports (see Fig. 3). The
mean-square deviation from the desired temperature profile was
chosen as the objective function

dð%Þ ¼ 1

Tav

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1

99

X100

j¼1

ðTo ptð jÞ � T jÞ2 � 100

vuut (7)

where Topt(j) and Tj are the temperatures of the reaction mixture at j

point of the optimal temperature profile and simulated, respec-
tively; Tav is the average temperature of the reaction mixture. Fig. 4
demonstrates the mean-square deviation of the simulated
temperature profiles of the reaction mixture from the optimal
temperature profile as a function of the positions of the coolant
side stream ports. There is a minimum in the objective function at
P1 of 0.3 m and P2 of 0.125 m from the reaction mixture inlet. The
corresponding coolant distribution between the three streams is
given in Table 3. It is not possible to approach the optimal
Fig. 3. A schematic view of the microstructured reactor/heat exchanger (MRHE). P1

and P2 are the positions of two coolant side stream ports relative to the reactant

inlet, which is taken as x = 0. Rin—reaction mixture inlet, Pout—product outlet, C1in—

first coolant flow inlet, C2in—second coolant flow inlet, C3in—third coolant flow

inlet, Cout—coolant outlet. All sizes are given in mm.



Fig. 4. The mean square deviation (d, %) of the simulated temperature profiles from

the optimal temperature profile as a function of the positions (P1 and P2) of the

coolant side stream ports. The reactant and coolant flows for the minimum of the

objective function are given in Table 3 and the corresponding temperature profiles

are shown in Fig. 5.

Table 3
Flow conditions and corresponding heat fluxes in the MRHE.

Inlet

temperature,

K

Outlet

temperature,

K

Heat

transport

capacity,

W/K

Heat

flux, W

Flow, cm3/

min (STP)

Reaction flow 673 537 0.0295 750

Coolant flow 1 533 610 0.0446 3.43 4000

Coolant flow 2 533 610 0.0127 0.98 1150

Coolant flow 3 533 610 0.0012 0.09 100

Coolant total 4.50 5250

Fig. 6. A cross-sectional image of a single section of the MRHE with inserted flat,

perforated Mo2C/Mo plates and wires. The coolant channels are not seen in this

view as they are behind the connecting flange. The scale bar is in mm.
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temperature profile with a deviation less than 1% using only one
single coolant side stream. However, with two coolant side
streams, the deviation from the optimal temperature profile can be
as low as 0.7%. The position of the second coolant flow inlet port
should be exactly fixed at x = 0.3 m, while the position of the third
coolant flow has a larger range of possible values, which should be
taken into account during reactor assembling.

Fig. 5 shows the temperature profile of the reaction mixture in
comparison with the optimal, and the temperature profile of all
Fig. 5. Temperature as a function of the reactor length: optimal temperature

providing the highest WGS rate (gray); reaction mixture temperature (Tr, black);

reactor housing (Tm, dashed line); temperature of coolant flows (Tc1, Tc2, and Tc3,

dotted lines).
coolant streams and the reactor housing obtained by the 1D
model.

The volume of the present MRHE prototype of 0.08 L for a 45 We

FC would lead to a volume of 80 L for a 45 kW FC stack of which 20 L
is the catalyst volume (Fig. 6). The fresh industrial HT and LT WGS
catalysts for a similar size of the FC occupy ca. 2 and 12 L,
respectively, with an additional volume required for a heat
exchanger, connecting pipes and flow distribution devises. Those
parts assembled together occupy approximately the same volume
as the present MRHE prototype based on the Mo2C/Mo coatings. A
high thermal stability of the Mo2C/Mo catalyst allows to limit its
loading up to a 5% surplus with respect to that required for CO
removal. The activity of the Mo2C/Mo catalyst remains stable for
more than 5000 h time-on-stream, whereas the commercial Cu/
ZnO/Al2O3 catalyst losses up to 30% of its initial activity for the
same time interval. While the present design does not allow
substantially decrease of the catalyst volume, it has several
important advantages related to the start-up time and inherent
safety of operation. It takes only 2 min in order to warm up the
catalyst to the mean reaction temperature using a hot stream with
the same flow rate as the coolant stream applied to create the
required temperature gradient. Once the reactor is shut down, the
housing temperature can be reduced within a similar time interval
to below 350 K, after that the catalyst can be safely exposed to air.
Furthermore, it is important to mention that the efficiency of a fuel
processor can be substantially increased as the WGS MRHE reactor
operates without substantial pressure drop which in turn allows to
decrease the pressure in the reformer increasing the hydrogen
yield.

It can be seen from Table 2, the required coolant flow is
5250 cm3/min (STP) while the reactant flow is 750 cm3/min
(STP). The hydrogen conversion in a FC is usually 85–90% which
corresponds to the anode exhaust gas flow rate in the range
between 360 and 380 cm3/min (STP). Therefore, the largest part
of the coolant flow should be recycled to maintain the optimal
temperature profile. After mixing with the cold anode gas, this
flow can be sent back to the WGS MRHE as a coolant. This
recycle loop can decrease the influence of variations in the
temperature and composition of the anode off-gas during
transient operation.
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4. Conclusions

It is possible to create a temperature profile providing the highest
rate of the WGS reaction over Mo2C/Mo coatings along the length of a
microstructured reactor/heat-exchanger. Two coolant side streams
are required to approach the optimal temperature profile in a
counter-current MRHE. The start-up time required to heat the MRHE
up to the mean operational temperature does not exceed 2 min. In
scaling up, it is desirable to form a stacked three-dimensional
assembly (3D architecture) in preference to using larger planar
sheets. This reduces the surface-to-volume ratio and thus the surface
convective losses. The modular design of the MRHE developed in this
study allows to fulfill the required production of hydrogen in several
steps corresponding to a FC power output of 45 We with a single
reactor module volume of 80 cm3. The WGS MRHE was manufac-
tured according to the proposed design. The computational results
effectively demonstrate the potential of microreactor-based on-
demand H2 generation, and provide insights for a subsequent phase
of development involving integrated WGS MRHE–PrOx–FC systems.
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